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In recent years, increasing shortages of clean water have presented a major concern for many countries around 
the world, with UNESCO estimating that 1.8 billion people could be residing in areas facing major water shortages 
by 2025 [1]. Desalination of seawater is an effective method for the production of clean water [2-4]. However, 
reverse osmosis (RO), currently the most widely used membrane technology for desalination, consumes relatively 
high quantities of energy, presents membrane fouling issues, and incurs high costs when operated at large scale 
[5, 6]. Hence, it is important that further research is conducted to find and develop competitive technology for 
water desalination that can meet the increasing demands for clean water in water-stressed communities around 
the world. In recent years, forward osmosis (FO) technology has attracted attention from many researchers [7-9]. 
FO is a process driven by an osmotic pressure gradient that is generated through the use of a draw solution. For 
operation to occur, the concentration of the draw solution must generate a greater osmotic pressure than that of 
the feed solution, resulting in a flow of water through the membrane. Since RO requires both pre-treatment and 
high hydraulic pressures, the potential benefits of FO include its ability to operate using low hydraulic pressures 
and potentially a reduced fouling propensity and lower energy requirements [10, 11]. 
There are numerous factors that can influence the performance and thus viability of the FO process for 
desalination at larger commercial scales. These factors can be linked to the characteristics of the FO membrane, 
the draw solution properties, the process operating conditions, including the resulting mass transfer coefficients, 
the long-term performance, life cycle assessment and cost estimation [12-18].  
One challenge in particular is the need for further developments of draw solutions. During recent years, 
researchers have employed a wide variety of draw solutions for FO desalination, including inorganic and organic 
draw solutions, in order to investigate their effect on FO performance [19-23]. The ideal draw solution should 
generate high osmotic pressure and high permeate flux, show minimum draw solute reverse flux, allow ease of 
draw solution regeneration and exhibit minimum toxicity and cost. However, literature indicates that current draw 
solutions generally fall short of these traits and affect FO performance through low permeate fluxes, high reverse 
solute flux or draw solution recovery difficulties [7, 24, 25]. Achilli et al. [26] performed a series of experimental 
investigations on inorganic based draw solutions and developed a protocol for draw solution selection. It was 
shown that, for the same osmotic pressure (2.8 MPa), KCl generated the highest water flux, whilst MgSO4 resulted 
in the lowest reverse solute flux due to the larger size of the hydrated magnesium cation. Yen et al. [27] used a 
charged 2-methylimidazole based draw solution in a desalination process, achieving a permeate flux of 12 LMH 
after 6 hours of operation. However, a temperature of up to 70°C was required to recover the draw solute. 
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The hybridisation of forward osmosis (FO) and membrane distillation (MD) has the potential to offer a solution to the 
increasing worldwide demand for clean water. However, accurate prediction of system behaviour, balancing of water 
transfer rates and the implementation of a suitable draw solution are needed to maximise permeate production. 
Currently, there is a lack of comprehensive mathematical tools available and further draw solution developments are 
required. In this study, an experimentally validated mathematical model was developed to simulate the FO-MD system. 
Draw solutes including sodium chloride (NaCl), tetraethylammonium bromide (TEAB) and 
polydiallyldimethylammonium chloride (PDAC), were used to characterise individual FO and MD permeate fluxes. 
The FO-MD system was then run using 0.5 M NaCl, TEAB and PDAC. The results showed that fouling was more 
significant in FO, and water transfer rate imbalances were identified in all systems. The experimental results and model 
were used to predict MD feed temperature and cross-flow velocity adjustments to achieve system water balance for 
each draw solution. As a result of this balancing, permeate production using NaCl, TEAB and PDAC was enhanced. 
This study suggests that the FO-MD system is a promising candidate for water purification when system performance 












sulfonate-co-n-isopropylacrylamide) (PSSS-PNIPAM), as a draw solute for FO desalination. Using a feed 
solution of 0.6 M NaCl, permeate fluxes in excess of 3.5 LMH were observed for the PSSS-PNIPAM copolymer 
prepared with 15 wt% sodium-4-styrenesulfonate. Whilst PSSS-PNIPAM could be a promising draw solute for 
FO, it was suggested that further improvements are still required to maximise the osmotic pressures generated by 
thermo-responsive copolymers and reduce their viscosities.  
Another challenge for FO is the need for improvements of the FO membrane. Whilst some studies have shown 
that FO membrane fouling is less severe and more reversible than for other membrane processes such as RO, 
fouling nonetheless remains a problem for the performance of FO [28-30]. The FO membrane should also favour 
the generation of high permeate fluxes and minimise concentration polarisation (CP). During CP, concentration 
boundary layers are formed outside and inside of the membrane and act to reduce the effective concentration 
gradient and thus osmotic driving force across the active layer of the membrane. Many experimental studies 
reported in the literature have been carried out using the cellulose triacetate (CTA) and thin film composite FO 
membranes manufactured by Hydration Technology Innovations (HTI) [8, 27, 31]. However, disruptions to the 
manufacturing of these membranes has limited the availability of commercial membranes for FO research. In 
addition to the release of new membranes from companies such as Aquaporin, several research groups have 
developed in-house FO membranes with varying degrees of success [32, 33]. 
Despite recent advances in FO draw solutions and membranes, another major barrier to the application of FO 
for large scale desalination operations is the coupling of FO with a suitable draw solution regeneration process. 
Several studies have investigated the use of membrane distillation (MD) as a regeneration process for FO 
desalination with promising results [6, 19, 34]. MD is a thermally-driven process that can separate water from a 
concentrated solution through the integration of a vapour permeation processes with a porous hydrophobic 
membrane. A major benefit of MD is its ability to separate solutions at lower temperatures than those used in 
conventional thermal technologies [35]. This makes MD suitable for utilising low-grade waste heat from natural 
gas compressor stations, power plants, or solar power, and this can contribute to cost savings [4, 36-38]. 
The FO-MD hybrid system has been investigated by desalination researchers and has a potential to respond to 
and meet the increasing challenge of widespread global shortages of clean water [6, 19, 34, 35]. Equipment in the 
hybrid FO-MD system is simple and easy to configure and energy requirements can be minimised [39-41]. A 
comprehensive review of hybrid FO systems carried out by Chekli et al. [41] highlighted the FO-MD system as a 
promising application for producing high quality water. However, their findings indicated that several limitations 
should be overcome before the process can become feasible at large scale. These include membrane pore wetting, 
a low feed recovery rate, uncertainty related to the availability of low-cost energy sources, and economic costs. A 
review of the hybrid FO-MD literature also indicates non-uniformity and non-accuracy of experimental results 
[41]. This could be due to the use of a large variety of feed and draw solutions, the short duration of experiments, 
the wide variety of membranes, and non-similar operating conditions. In addition, few studies have achieved 
balanced FO-MD water transfer rates [42-45]. Indeed, it appears that imbalances between the FO and MD sides 
of the system are not fully understood or addressed in the literature. 
Numerous mathematical modelling studies have appeared in recent years predicting permeate flux through the 
FO membrane [46, 47]. Also previous work has investigated the effect of various feed and draw solution 
concentrations on the permeate flux through the FO membrane. Similarly, for MD, researchers have explored the 
impact of different operating parameters, such as feed temperature, on MD permeate flux [48, 49]. A literature 
review reveals only limited modelling work on predicting permeate flux with time as a function of operating 
conditions and membrane properties. Moreover, the lack of FO-MD hybrid system mathematical modelling has 
meant that few theoretical calculations have been performed to confirm experimental findings and identify 
measures to improve overall system performance. An FO-MD mathematical model can contribute to optimisation 
of the system configuration, selection of optimum operating conditions, and a control strategy for long-term 
system water balance. These benefits, in addition to the employment of a suitable membrane cleaning schedule, 
can help to maximise and sustain uniform permeate production, and minimise maintenance costs and process 
energy consumption. 
The current study characterises an Aquaporin (AQP) InsideTM FO membrane using draw solutions including 
the surfactants TEAB and sodium dodecyl sulphate (SDS) and the polyelectrolyte PDAC. Few studies have 
investigated the effect of these draw solutions on FO-MD system performance, particularly with respect to time. 
Furthermore, imbalances between the FO and MD sides of the FO-MD hybrid system have frequently been 
identified in the literature. Therefore, both experimental and mathematical modelling are employed in this study 
to propose a suitable selection of parameters, in conjunction with a control strategy, to achieve balanced FO and 
MD water transfer rates. The modelling aspect of this study considers transfer processes within the FO and MD 
sides of the system, the influence of membrane fouling on system behaviour, and an analysis whereby optimisation 









2. Development of FO-MD Mathematical Model 
 
2.1. Forward Osmosis  
 
The FO membrane possesses two inlet streams and two outlet streams for the entry and removal of the feed and 
draw solutions, respectively (Fig. 1). Considering xFO as the coordinate in the direction of fluid flow, the overall 




= JFOwFO                                                (1) 
 
where QFO,f represents the feed flow rate, wFO is the lateral width of the FO membrane and JFO is the FO permeate 
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where uFO,f is the FO feed velocity and hFO,f represents the FO feed channel height. Using Eq. (2), a component 
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where JS represents the FO reverse solute flux (RSF). Assuming the feed and draw solutes are the same species 
and counter-current flow, overall and component mass balances for the draw side of the FO membrane (denoted 
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The driving force behind FO is the osmotic pressure gradient formed through the application of the draw 
solution. The Van’t Hoff equation can be applied for ideal cases, when osmotic pressure (π) is linearly 
proportional to concentration. For concentrated feed or draw solutions, the osmotic pressure gradient is non-linear 
and the Van’t Hoff equation leads to an inaccurate prediction of π. Hence, the Van’t Hoff equation can be 
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where β, R, T, C and Mw represent solute ionisation number, universal gas constant, absolute temperature, solution 
concentration and solute molecular weight, respectively. The osmotic pressure can also be related to the solute 
density number (Avogadro’s number multiplied by the molar concentration of solute), with non-ideal solution 
behaviour modelled using the virial expansion [53, 54].  
Concentration polarisation (CP) can influence osmotic pressures generated by the draw and feed solutions. In 
the AL-FS (active layer-facing-feed solution) configuration, build-up of feed solute on the membrane surface 
leads to concentrative external concentration polarisation (ECP), as illustrated in Fig. 1, whilst dilutive internal 
concentration polarisation (ICP) emerges inside the membrane [55]. With the AL-DS (active layer-facing-draw 
solution) configuration, concentrative ICP, occurs when solute molecules accumulate at the SL-AL boundary 
(denoted by the concentration, Ci). At the membrane exterior, the draw solution is diluted by permeate flux, 
leading to dilutive ECP (Fig. 1). 
The FO permeate flux can be linked to the water permeability coefficient (A), solute permeability coefficient 









use of an overall mass transfer coefficient, the AL-FS and AL-DS forms of the permeate flux equation, which 
consider the effects of CP, can be presented by Eqs. (8) and (9), respectively [18]. 
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where ksup represents the mass transfer coefficient for the channel adjacent to the AL and kc is the mass transfer 
coefficient for the SL and its adjacent channel mass transfer coefficient (determined using the equations in 
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where D represents the diffusivity of solute in water and S is the structural parameter, which can be found using 
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where δFO, τFO and εFO are the thickness, tortuosity and porosity of the support layer of the FO membrane, 
respectively.  






                                                                                                 (12) 
 
The above assumes that the reflection coefficient, which would be present in a three parameter model, is zero. 
With a three parameter model the ratio is no longer constant [57]. 
 
2.2. Membrane Distillation  
 
The flow of MD feed (draw solution) along the length of the MD membrane, as presented by Fig. 2, can be 
expressed through an overall material balance, as shown by Eq. (13) which can also be simplified to Eq. (14) 
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where QMD,d, NMD and wMD are the MD feed flow rate, MD mass permeation flux and MD membrane internal 
width, respectively. The parameters uMD,d, hMD,d  and ρ are the MD feed solution velocity, MD feed solution 
channel height and solution density, respectively. The change in MD feed solution concentration along the 
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The initial MD permeate flux in this study was determined using the modified Dusty Gas Model proposed by 
Field et al. [58] (Eq. (B.25), Appendix B). 
The thermal boundary layers contribute to major MD flux reduction. The reduction in temperature gradient can 
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where Td and Tp state the bulk feed and permeate temperatures, respectively, and Td,m and Tp,m are the 
temperatures of the feed and permeate at the membrane surface. The values of Td,m and Tp,m cannot be measured 
directly and must be found through their relationship with other MD parameters [60].  
Moreover, it should be noted that CP, represented by Eq. (19), can have greater influence at higher MD feed 
concentrations [59].  
 
CMD,dm = CMD,de(NMD ρkMD⁄ )                                      (19) 
 
where kMD is the MD mass transfer coefficient whilst CMD,d and CMD,dm are the concentrations of solute in the 
bulk feed solution and at the MD feed solution-membrane interface, respectively.  
Other parameters needed to solve for the MD permeate flux can be determined using the equations shown in 
Appendix B.   
 
2.3. Fouling Considerations 
 
It is known that fouling can influence the behaviour of FO and MD permeate fluxes [35, 61, 62, 91]. NaCl can 
also contribute to membrane scaling, whereby particles are deposited onto the membrane surface, reducing the 
overall permeability [61]. To model the impact of scaling on FO, a logarithmic rate of fouling resistance, Rsc, has 
been proposed through Eq. (20). 
 
Rsc = ksc1ln (ksc2t + csc)                                          (20) 
 
where ksc1, ksc2 and csc are system fouling constants that can be determined experimentally.  
Adsorption of molecules onto the membrane surface is another mechanism through which solutes can reduce 
the FO permeate flux. In such instances, the permeate flux can decline quite rapidly over the initial operating 
period, which can be modelled through the following equation [63]. 
 
Rad = kadt
1 nad�                                        (21) 
 
where Rad is the rate at which molecules are adsorbed to the membrane surface, and the parameters kad and nad 
are system constants that represent the adsorption process during FO operation. Prior to fouling, the water 
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where Rm,FO is the resistance of the clean FO membrane. With the onset of fouling, an additional resistance, Rf, 
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where A represents the overall water permeability coefficient. 
The FO literature makes frequent reference to ‘A’ and ‘B’ parameters.  The equivalent terms herein are A0 and 
B.  
The decline of MD permeate flux, JMD, with time was determined using Eq. (B.26) [64], Appendix B. 
 
 









2.4. Feed, Draw and Permeate Tank Material Balances 
 
During FO-MD operation, the volume of feed solution in the FO feed tank, Vf,  decreases over time due to the 
loss of permeate flux. Based on the conservation of fluid flow, the rate at which FO feed volume decreases can be 




= QFO,fin − QFO,fout                                        (24) 
 
where QFO,fin and QFO,fout represent the FO feed flow rate entering and exiting the feed tank, respectively. 
The feed concentration in the FO feed tank, Cf, is expected to increase with time due to the loss of permeate 
flux and generation of RSF. Accounting for these transfer processes, the rate of change of feed concentration can 






�CFO,finQFO,fin − CfQFO,fin�                                     (25) 
 
where CFO,fin is the concentration of feed at entry to the feed tank. 
Due to the hybrid nature of the FO-MD system, the draw solution volume in the draw tank, Vd, depends on both 




= QFO,din + QMD,din − QFO,dout − QMD,dout                                        (26) 
 
where QFO,din and QFO,dout are the FO draw flow rates entering and exiting the draw tank, respectively, whilst 
QMD,din  and QMD,dout  are the MD draw flow rates at the inlet and outlet of the draw tank, respectively.  
The concentration of draw solution in the draw solution tank, Cd, is greatly influenced by the FO and MD 






�CFO,dinQFO,din + CMD,dinQMD,din − CdQFO,din − CdQMD,din�                                              (27) 
  
where CFO,din and CMD,din  represent the concentrations of draw solution at the outlet of the FO and MD 
membranes, respectively. 
Re-concentration of the draw solution through MD will result in the generation of permeate flux. As a result, 




= QMD,pin − QMD,pout                                       (28) 
 
where QMD,pin and QMD,pout indicate the flow rates of MD permeate entering and exiting the permeate tank, 
respectively. 
Further details on Eqs. (24)-(28) can be found in Appendix C.  
In order to integrate and solve for the FO-MD mass balance equations, initial conditions were applied for each 
set of tests. The conditions that were used for the initial pre-balancing tests for NaCl, TEAB and PDAC draw 





As seen in Table 1, there are differences in the initial FO and MD permeate fluxes for each of the three draw 
solutions that were investigated. This is primarily due to differences in their properties, which is further explained 
in Sections 4.1 and 4.2. 
 
3. Experimental Study 
 
3.1. FO and MD membranes 
 
The FO flat-sheet membrane used in this study was obtained from Aquaporin (Copenhagen, Denmark). 
According to the data provided by the manufacturer, the membrane has a thickness of 110 µm and can be operated 
in temperature and pH ranges of 5-50°C and 2-11, respectively. The flat-sheet MD membrane, sourced from 
Membrane Solutions (MS) (Beijing, China), was used for the direct contact MD process. The membrane has a 






support layer. The main properties of the FO and MD membranes used in this study, in addition to those of the 






3.2. Feed and Draw Solutions 
 
Deionised (DI) water was used as the FO feed for the FO-MD experimental tests. During FO characterisation, 
a wide range of draw solutions were tested to investigate the behaviour of the system, including three organic 
draw solutes TEAB, SDS, and PDAC (Table 3). In particular, these three draw solutes were selected based on 
their different properties, such as molecular weights and charges, in addition to their promising performance in 






3.3. FO System, MD System and FO-MD Hybrid System 
 
The desired fluid cross-flow velocities in the FO system were maintained using a peristaltic pump with two 
channels, obtained from Longer Pump (Taiwan). Individual FO tests were carried out using both AL-FS and AL-
DS membrane configurations in order to determine the relationship between the draw solution concentration and 
FO permeate flux. The chemicals used to generate the draw solutions were purchased from Sigma Aldrich (UK). 
The change in feed and draw solution weights (and their volumes via the solution densities) were measured using 
a balance obtained from A&D Company Ltd. (Japan). The volume of water permeated through the membrane, 
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where AFO represents the effective area of the FO membrane. 
The MD experimental configuration used in this study consisted of a peristaltic pump for the feed side of the 
process, which was purchased from Longer Pump (Taiwan), and a gear pump for the permeate side, obtained from 
Cole Parmer (USA). On the feed side, a water bath was used to maintain a constant feed water temperature to the 
MD test cell. Spacers were used on both sides of the membrane to generate turbulence and reduce TP and CP. An 
AL-FS membrane configuration and counter-current flow regime were used for MD. Moreover, both the MD feed 
inlet tubing and the test cell were insulated to minimise heat loss to the surroundings. To provide adequate cooling 
to the permeate stream, a cooler (Grant Instruments, Shepreth, UK) was set-up on the permeate side of MD. The 
feed and permeate temperatures were measured prior to entering MD using thermocouples. MD tests were 
conducted at various feed temperatures and cross-flow velocities, and the MD permeate flux was measured in a 
similar manner to that of the FO permeate flux.  
The individual FO and MD processes were then combined to form a bench-scale FO-MD hybrid system, as 
shown in Fig. 3. In this process, the diluted draw solution from FO was continually re-concentrated through the 
MD process, prior to being recycled back into a common draw tank. Three draw solutions (NaCl, TEAB and 
PDAC) of 0.5 M concentration were selected for a series of FO-MD hybrid investigations. FO-MD hybrid tests 
were carried out using initial quantities of 0.4 L DI water in the permeate tank, 0.4 L of draw solution in the draw 
solution tank and 0.7 L of DI water in the FO feed tank. In each of the experiments, an AL-DS configuration was 
used for FO, whereas MD was operated using an AL-FS configuration. Prior to the start of the test runs, the system 
was operated to ensure that all solution temperatures met the specified initial set conditions. Between each test 
run, the FO and MD membranes were cleaned using a protocol which included acidic cleaning on the AL of the 
FO membrane and basic cleaning on the SL of the FO membrane and AL of the MD membrane [35]. For the 
initial testing phase, MD was run using feed and permeate temperatures of 30°C and 20°C, respectively. A cross-
flow velocity of 0.2 m/s was maintained across the feed and draw sides of the FO membrane, as well as the feed 
side of the MD membrane giving Reynold numbers of the orders of 102 and 103 for FO and MD, respectively.  
 







3.4. Optimisation of FO-MD Hybrid System using Model and Experimental Results 
 
Following the initial run of FO-MD hybrid experimental tests, the model from Section 2 was used to optimise 
system performance. FO-MD hybrid system optimisation tests were then carried out using the new operating 
conditions identified. Since the effective area of the FO membrane in this study was greater than that of the MD 
membrane, matching the FO and MD permeate fluxes would not generate FO-MD system balance. Therefore, it 
was identified that comparison of the water transfer rates on both the FO and MD sides would provide a more 
useful insight into the balancing of the system. Considering equivalent units for the FO and MD permeate fluxes 
(JFO and JMD, respectively), the rate at which the draw solution is diluted through FO must be equal to the rate of 
re-concentration of the draw solution through MD, in order to operate a balanced system.  
 
Rt,FO = JFOAFO                                           (30) 
 
Rt,MD = JMDAMD                                           (31) 
 
where Rt,FO and Rt,MD are the FO and MD water transfer rates, respectively, and AMD is the effective area of the 
MD membrane. 
 
4. Results and Discussion 
 
4.1. Characterisation of FO Permeate Flux 
 
The effect of draw solution concentration on FO permeate flux was investigated by using a range of inorganic 
and organic draw solutes. Amongst those considered, TEAB, SDS and PDAC were tested and their performances 
were compared with other common draw solutes, as shown in Fig. 4. The FO model was also applied and fitted 
to the experimental results (the fitting coefficients are presented in Table D1, Appendix D). The model is based 
upon the membrane specifications given in Table 2 and the equations provided in Section 2.1 and Appendix A. 
The results in Fig. 4 show that increasing the concentration of each of the draw solutions leads to an increase 
in the FO permeate flux. This trend can be explained by the increasing osmotic pressure gradient across the 
membrane, which is apparent from Eq. (8) and Eq. (9). Membrane orientation is another factor that can influence 
FO permeate flux. The results in Fig. 4 reveal that the permeate fluxes generated in the AL-DS configuration are 
greater than those observed in the AL-FS configuration, which can be associated with the greater severity of the 
ICP effect in the AL-FS configuration. As shown by the experimental results and model prediction, the increase 
in permeate flux at lower draw solution concentrations is relatively linear. However, there is a noticeable reduction 
in the flux gradient at higher draw solution concentrations. This effect is more apparent in the AL-FS 
configuration, and prior work has shown that this trend occurs due to the flux limiting effect generated by ICP [9, 
55].  
The AQP membrane used in this study generates lower permeate fluxes in the AL-DS membrane configuration 
when compared to the HTI CTA membrane. At a draw solution concentration of 0.5 M, the experimental FO 
permeate fluxes are around 35.8%, 59.6% and 61.5% less than that of the HTI CTA membrane for NaCl, SDS 
and TEAB, respectively [35]. At the same molar concentration, these differences are reduced to around 23.1%, 
17.9% and 58.5% when considering the AL-FS membrane configuration for NaCl, SDS and TEAB, respectively. 
It is likely that these trends arise due to the greater thickness of the AQP membrane, including that of the active 
layer, which could contribute to its lower membrane water permeability coefficient (Table 2) and therefore result 
in lower permeate fluxes [65]. 
Of the three organic draw solutes shown in Table 3, it is evident that TEAB produces the highest FO permeate 
flux at all tested draw solution concentrations and shows very similar performance to MgSO4 in the AL-DS 
configuration. This observation could be attributed to the lower molecular weight and lower viscosity of TEAB 
in solution, when compared to SDS and PDAC. As a result, these characteristics can lead to greater rates of mass 
transfer, and thus higher FO permeate fluxes across concentration polarisation boundary layers.  
 
4.2. Characterisation of MD Permeate Flux 
 
The MD permeate fluxes generated by 0.5 M of NaCl, TEAB and PDAC were measured at MD feed 
temperatures between 30-50°C, and are presented in Fig. 5 together with the model predictions calculated using 











The results show that there is an exponential increase in the MD permeate flux with feed temperature, as 
expected from inspection of Eq. (B.17), Appendix B, due to the resulting exponential increase in vapour pressure. 
In addition to influencing the solution properties such as diffusivity and viscosity, increasing the MD feed 
temperature can increase the fraction of energy that is used as the latent heat of vaporisation. This can therefore 
improve the thermal efficiency of the MD process (Eq. (B.24), Appendix B) [70-72]. However, studies have also 
shown that increasing the MD feed temperature can lead to greater temperature polarisation effects and more 
severe membrane fouling [73-76].  
Fig. 5 reveals that the NaCl draw solution produced the highest MD permeate flux at each of the MD feed 
temperatures that were investigated, which could be due to its lower molecular weight, lower viscosity and higher 
diffusivity in solution. These properties can lead to a higher mass transfer coefficient and lower the effects of 
concentration polarisation. 
It should be noted that MD feed temperatures within the range of 30-34.4°C were used for the FO-MD hybrid 
system experiments (Sections 4.3 and 4.4). To generate an initial set of permeate fluxes for FO-MD system testing, 
a lower temperature limit of 30°C was selected, which provided a temperature gradient of 10°C across the MD 
membrane. In addition, MD feed temperatures of up to 34.4°C were required to achieve FO-MD water transfer 
rate balancing.  
 
4.3. FO-MD Hybrid System Test Results  
 
The FO-MD hybrid system was operated for 10 hours using NaCl, TEAB and PDAC draw solutions at a 
concentration of 0.5 M, and the results of these tests are shown in Fig. 6. At this stage, only NaCl, TEAB and 
PDAC were selected from the initial set of draw solutions (Fig. 4) in order to represent different types of draw 
solutes with a range of molecular weights. The FO-MD hybrid system model was also used to simulate the 
experimental results. System fouling parameters, shown in Eqs. (20) and (21), were fitted for each of the three 






The results in Fig. 6 show that the adsorption model (Eq. 21) can be used to predict with reasonable accuracy 
the declining trend exhibited by the FO water transfer rates for TEAB and PDAC. Although the adsorption model 
can also be used to simulate the system with NaCl, Fig. 6a indicates that application of the scaling model used in 
this study leads to a better prediction of the FO water transfer rate achieved during the experiments. The difference 
in fouling behaviour for adsorption and scaling is also reflected in the rate at which the fouling resistance increases 
with time, as predicted by the FO-MD model in Fig. 7. 
The pre-balancing test results shown in Fig. 6 reveal that the FO membrane exhibits a much greater tendency 
to foul in comparison with the MD membrane during the 10 hour test period. When considering the initial rate at 
which the FO water transfer rate declines, a more gradual decline is observed when the system is run with the 
NaCl draw solution compared to the other draw solutions. Between 10 minutes and 1 hour of operation, the FO 
water transfer rate for NaCl decreases by 16.9%; in contrast TEAB and PDAC show water transfer rate reductions 
of 19.4% and 41.5%, respectively, within the same time period. This supports the idea that the fouling behaviour 
and mechanism exhibited by the FO membrane is related to the type of draw solution used. These differences are 
also reflected in the apparent instantaneous increase in fouling resistance due to an adsorption mechanism (Fig. 
7a), which is in contrast to the gradual increase that can be observed for a scaling resistance mechanism (Fig. 7b).  
In addition, it is important to note that the membrane surface properties can also influence the initial rate at 
which the FO membrane fouls. This is supported through comparison of the FO water transfer rate declines 
experienced by the AQP and HTI CTA membranes under similar conditions. The results indicate that over the 
 
Fig. 6.  
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first hour of operation, the reduction in the FO water transfer rate is around 4.1, 5.8 and 14.9 times greater for the 
AQP membrane using NaCl, TEAB and PDAC draw solutions, respectively, when compared to the HTI CTA 
membrane [35]. These differences could be linked to the higher surface roughness and relative hydrophobicity of 
the AQP membrane [65, 77], and appear to be further enhanced as the viscosity of the draw solution increases.  
 During the latter stages of operation, the results indicate that a limiting FO water transfer rate is achieved, 
whereby the rate of water transfer rate decline with time is much lower than that observed initially for the system. 
The presence of fouling in the FO system was supported by several experimental observations, including a change 
in colour of the FO membrane. Moreover, the FO water transfer rates in Fig. 6 were compared to the FO permeate 
fluxes (FO water transfer rate divided by FO membrane area) measured during the characterisation of the 
individual FO process (Fig. 4). This revealed that, after several hours of operation, the FO water transfer rates for 
NaCl, TEAB and PDAC in Fig. 6 were lower than the initial water transfer rates in Fig. 4. Further analysis showed 
that the NaCl draw solution was diluted from 0.5 M to 0.44 M after 10 hours. Under these conditions, it would be 
expected that the FO water transfer rate would decrease from around 0.025 L/hr to 0.023 L/hr, as a result of draw 
solution dilution. However, the actual FO water transfer rate decline measured during the 10 hour period was from 
0.025 L/hr to 0.013 L/hr. These results therefore show that, whilst draw solution dilution does contribute to a 
slight decrease in the FO water transfer rate, a much larger proportion of the FO water transfer rate decline can be 
associated with FO membrane fouling. Similar observations were made for TEAB and PDAC, whose water 
transfer rate declines could also be predominantly attributed to fouling.  
 
4.4. FO-MD Hybrid System Balancing 
 
The experimental results in Fig. 6 (left-hand side) also showed that there were imbalances in the water transfer 
rates for all three draw solutions between the FO and MD sides of the hybrid system. When considering pre-
balancing experimental results, this trend is most significant for NaCl, with the FO water transfer rate after 1 hour 
approximately 2.3 times greater than that of MD. This is followed by TEAB and PDAC, with FO water transfer 
rates that are around 1.7 and 1.4 times larger than the MD water transfer rate, respectively. Moreover, from Fig. 
6, it is evident the imbalances in water transfer rates continued to persist even after the decline in the FO water 
transfer rate due to draw solution dilution and membrane fouling. Whilst the results in this study have shown that 
the impact of draw solution dilution is relatively insignificant during the testing period of 10 hours (Section 4.3), 
differences in water transfer rates can have significant consequences over long periods of operation. Continued 
draw solution dilution can increase the MD water transfer rate, whilst the FO water transfer rate declines due to a 
reduction in the driving force across the membrane. This affords a natural balancing process; however, these 
processes can also accelerate the rate at which the MD membrane fouls, thus counter-acting the natural tendency 
of the system to balance [35]. As a result, it can become increasingly difficult to control the system and predict its 
long-term behaviour through mathematical modelling.  
With this in mind, the FO-MD hybrid model was applied in order to balance the FO and MD water transfer 
rates. To maintain higher rates of water permeation in the FO-MD system, the operating parameters on the MD 
side of the system were adjusted to increase the magnitude of the MD water transfer rate. Using the model, it was 
seen that an FO-MD balance in the current system could be attained by judiciously increasing the temperature 
gradient across the MD membrane. This is supported by Fig. 5, which shows that MD is highly sensitive to 
changes in the feed temperature. Therefore, the MD feed temperature was selected as the primary control 
parameter for balancing the water transfer rates in the system.  
However, throughout the experiments it was observed that the MD feed temperature experienced disturbances 
in practice that could not be eliminated through the programming of the water bath heating system. Thus, the MD 
cross-flow velocity was also selected as a secondary parameter to adjust during the tests, due to the ease of altering 
cross-flow velocity during system operation. The relationship between MD feed cross-flow velocity and the MD 
permeate flux was experimentally determined for NaCl, TEAB and PDAC, as shown in Fig. 8.  
For each draw solution tested, Fig. 8 shows that increasing the cross-flow velocity results in a higher MD 
permeate flux. This can be explained by the increasing turbulence within the feed, which can disrupt the TP and 
CP external boundary layers and thus improve mass transfer within the MD process [49]. The overall effect of the 
MD feed side cross-flow velocity on the MD water transfer rate is less significant than that of the feed temperature 
(as observed by comparing Fig. 5 and Fig. 8). Nonetheless, between the draw solutions tested, varying MD feed 
cross-flow velocities within the range of 0.2-0.35 m/s was found to be sufficient in managing feed temperature 
disturbances and maintaining system balance (Table 5). In addition, MD feed temperature disturbances were more 
noticeable around the time at which the FO and MD water transfer rates were expected to balance. Therefore, the 
 






MD feed cross-flow velocity was adjusted after 5 hours to reduce their effect on FO-MD water transfer rate 
balancing.  
It should be noted that increasing the MD feed temperature for the purpose of achieving system balance will 
also affect the FO water transfer rate. At higher MD water transfer rates, the rate at which the draw solution is re-
concentrated increases. In Section 4.3, it was shown that the overall contribution of draw solution dilution to the 
decline in the FO water transfer rate was lower than that due to fouling. However, its effect can be further 
minimised as a result of the higher MD water transfer rate, which can lead to an increase in the FO water transfer 
rate. Therefore, the final adjustment of MD cross-flow velocity should compensate for these additional effects, in 
addition to the disturbances in the MD feed temperature, in order to balance the system effectively. 
Using the experimental unbalanced test results and the model, the values of both parameters (MD feed 
temperatures and cross-flow velocities) as required to achieve FO-MD system balance were identified. The 
experimental tests were then re-run using the determined MD feed temperatures and cross-flow velocities (Table 
5), in order to achieve balanced FO-MD water transfer rates. The results of the balancing of NaCl, TEAB and 







The results in Fig. 6 indicate that controlled system balance is achieved within a shorter period of time than for 
natural system balancing, and particularly for PDAC (FO-MD balance was achieved after 2 hours). The rapid 
decline in the FO water transfer rate for PDAC, which appears to be a characteristic of adsorption fouling, could 
contribute to achieving FO-MD system balance within a shorter period of time. Moreover, the results suggest that, 
the FO-MD systems running with TEAB and PDAC can balance to generate more stable water transfer rates for 
a longer period of time within the 10 hour operating period (in comparison to the system with NaCl). Fig. 6d and 
Fig. 6f show that, upon system balance, the water transfer rates are exhibited after the fourth and second hours for 
TEAB and PDAC, respectively, are more constant. However, whilst a noticeable improvement in water transfer 
rate balancing is achieved for NaCl, the water transfer rates consistently decline after around three hours of 
operation. These observations could be linked to the different mechanisms by which FO membrane fouling occurs 
(related to the draw solution). Therefore, the rate at which the FO water transfer rate declines during the 10 hour 
testing period can also be attributed to progressive effects such as fouling. Since these results were obtained from 
short-term experiments (10 hours), additional long-term FO-MD tests can provide further insight into the areas of 
membrane fouling, ease of FO-MD system balancing and draw solution selection for the system. 
In practical terms, the results for all three draw solutions show that a certain period of time is necessary before 
the FO and MD sides of the system are balanced. This period of time could be reduced through the implementation 
of an automated process control system. Process control can be used to detect water transfer rate imbalances due 
to factors such as membrane fouling, MD feed temperature disturbances and variations in the draw solution 
concentration. System parameters that require adjustment can then be selected and automatically applied to 
balance the FO and MD water transfer rates. Moreover, continual monitoring of the system and control of system 
balancing can also present benefits for long-term process operation for which manual adjustment of operating 
parameters may not be feasible. 
The results in Table 6 reveal that, over the 10 hour period, system balancing results in an increase in permeate 
production for NaCl, TEAB and PDAC by 87.4%, 62.4% and 3.3% respectively, and is primarily due to the 







It can also be observed that the system with NaCl shows the highest percentage increase in permeate production 
after 10 hours. However, the system with PDAC shows the greatest (35.5%) increase in MD permeate production 
relative to the water transfer rate generated through FO. This is due to a fall in the FO permeate flux, and could 
suggest the need for further optimisation of FO membrane cleaning when employing PDAC as a draw solution in 




This work highlights the role of experimental investigations and mathematical modelling in the design and 
operation of the FO-MD hybrid desalination system at large scale. In this study, a series of experiments were 






and inorganic draw solutes were employed to measure the FO permeate flux at varying draw solution 
concentrations. Amongst the three organic draw solutes tested, TEAB generated the highest permeate flux due to 
its lower viscosity and higher solute diffusivity in solution. In MD, increasing the feed solution temperature led 
to an exponential increase in permeate flux for NaCl, TEAB and PDAC draw solutions. Running the FO-MD 
system for 0.5 M of NaCl, TEAB and PDAC draw solutions revealed that the FO membrane possessed a greater 
tendency to foul in comparison to the MD membrane over the 10 hour testing period. Selection of the MD feed 
temperature as the primary control parameter for balancing the water transfer rates in the system was successful.  
The FO-MD hybrid model developed in this study was validated by FO and MD experimental results. 
Considering system fouling characteristics and water transfer rate imbalances, the model was then used to 
successfully predict the behaviour of the FO-MD system. Suitable control strategies were subsequently proposed, 
whereby the MD feed temperatures and cross-flow velocities were manually adjusted to achieve a system balance 
of water transfer rates, as required for long-term operation.  
After achieving FO-MD system balance, permeate production for NaCl, TEAB and PDAC increased by 87.4%, 
62.4% and 3.3% respectively over a period of 10 hours. The results from this study (Fig. 6) indicate that the FO-
MD system shows optimum permeate production when FO and MD water transfer rates are balanced.  
The results of the FO and MD water transfer rate balancing investigations indicate that the model is a useful 
tool that can be applied to improve understanding and performance of the system. However, manual adjustment 
of the MD operating parameters may not be sustainable over longer periods of operation. Thus, the FO-MD hybrid 
system will benefit from longer-term trials, the design and automation of an advanced process control system, and 
if required further refinement of the model.  
 
 
Appendix A. Calculation of parameters required to solve for FO permeate flux  
 
The FO mass transfer coefficients (referred to in Section 2.1) can be determined through the use of the following 
empirical Sherwood correlations for the laminar and turbulent flow regimes [55, 78]. 
 
Sh = 0.04 (Re)0.75(Sc)0.33    for Re > 2100                                (A.1) 
 




  for Re < 2100                                 (A.2) 
 
where the parameters Sh, Re and Sc represent Sherwood, Reynolds and Schmidt numbers, respectively, and HFO 
is the hydraulic diameter of the FO membrane, which can be determined separately for either side of the membrane 
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Appendix B. Calculation of parameters required to solve for MD permeate flux  
 
The temperatures of the draw and permeate solutions at the surface of the MD membrane can be determined 



































                                (B.2) 
 
where km and δMD are the MD membrane thermal conductivity and thickness respectively, and ΔHv, hd and hp 
represent the latent heat of vaporisation, and the draw and permeate solution heat transfer coefficients, 
respectively. The parameter km can be found using Isostress and Isostrain models, Eq. (B.3) and (B.4), 









                                        (B.3) 
 
km = εMDkg + (1 − εMD)ks                                      (B.4) 
 
where kg and ks are gas and polymer thermal conductivities, respectively. The value of ks can be found using Eq. 
(B.5): 
 
ks = 4.86 × 10−4Tm + 0.253                                                                (B.5)   
 
To calculate the heat transfer coefficients required in Eq. (B.1) and (B.2), a selection of correlations involving the 
Nusselt number can be employed [82, 83]:  
 
Nu = 0.023(Re)0.8(Pr)0.33   for Re > 2100                                      (B.6) 
 




 for Re < 2100                                 (B.7) 
 




                                              (B.8) 
 
where Cp and kc are fluid specific heat capacity and conductivity, respectively. The draw and permeate heat 










                                         (B.10) 
 
where HMD,d, kd and kp represent the MD draw (feed) side hydraulic diameter and the thermal conductivities of 
the draw and permeate solutions, respectively. The latent heat of vaporisation must also be found using a suitable 
correlation, as shown by Eq. (B.11) [84]: 
 
ΔHv = 1.7535Td,m + 2024.3                                     (B.11) 
 
Several parameters in Eq. (20) are determined prior to computation using MATLAB, as shown by Eq. (B.12) 
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Dw,a
PT = (1.895 × 10
−5)Tm2.072
PT









                                              (B.15) 
 
where d and l represent the membrane pore size and mean free path, respectively. The mean free path can be 









                                    (B.16) 
 
In addition, the air mole fractions at the draw and permeate-membrane interfaces appearing in Eq. (20) can be 
determined by considering the partial vapour pressures and the total membrane pressure. The partial vapour 










                                   (B.18) 
 
where Pw,d0  and Pw,p0  are the partial vapour pressures of water at the draw and permeate sides of the MD membrane, 
respectively. The presence of solute in the feed to the MD system will reduce both the vapour partial pressure and 
water flux in the system. Considering these effects, the draw solution partial vapour pressure can be corrected 
through Raoult’s law [87].  
 
Pw = Pw,d0 (1 − xs)                                       (B.19) 
 
where xs is the mole fraction of solute in the feed. 
The value of kMD in Eq. (22) in Section 2.2. can be determined using suitable Sherwood correlations [88]. 
 
Sh = 0.023Re0.8Sc0.33    for Red > 2100                                (B.20) 
 




  for Red < 2100                            (B.21) 
 
where L represents the length of the MD channel. 
Moreover, in the direct contact MD process, heat transfer can be categorised into three stages: (i) heat transfer 
through the boundary layer of the feed (draw solution), (ii) heat transfer through the membrane and (iii) heat 
transfer through the boundary layer of the permeate stream.  
In compliance with the conservation of energy, heat transferred through the membrane on the feed side is 
equivalent to the heat that passes through the permeate side. This idea can be extended to show that the heat 
transfer through the membrane is equal to the sum of latent heat that gives rise to evaporation, Qv, and heat 
conduction through the membrane material, Qc [81]. 
 





�Td,m − Tp,m�                                                (B.23) 
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PT �                            (B.25) 
 
where εMD, τMD and δMD are the membrane porosity, tortuosity and thickness, respectively. The parameters PT, 
Tm, Dw,a
PT , DKw and Kn state the total pressure, average membrane temperature, diffusion coefficients for ordinary 
and Knudsen diffusion and Knudsen number, respectively. The air mole fractions on the permeate and draw sides 
are represented by ya,pm and ya,dm, respectively.  
Once the initial MD permeate flux is known, the change in MD permeate flux with time can also be calculated 






















                             (B.26) 
 
where JMD0 and a0 represent the initial volumetric permeate flux and the initial membrane open pore area. The 
parameters ms, ρMD,d and ρs, are the draw mass fraction and densities of the draw solution and draw solute, 
respectively. HMD,d, ds, η and cm are the MD draw side hydraulic diameter, draw solute diameter, friction 
coefficient and coefficient of deposited mass, respectively. The parameters CT, CL and CA are the stress coefficient, 
lubrication constant and system dependent constant respectively, whilst C1 and C2 are integration constants found 
during the derivation of Eq. (B.26).  
 
Appendix C. Feed, Draw and Permeate Tank Material Balances  
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� �JFOwFOxFO + uFO,d0wFOhFO,d� + �
uMD,d0hMD,d ρCd




uMD,d0wMDhMD,d� − Cd�JFOwFOxFO + uFO,d0wFOhFO,d� − Cd �
−NMDwMDxMD
ρ
+ uMD,d0wMDhMD,d��         (C.2) 
 
where uFO,d0 and uMD,d0  represent the initial velocities of the FO and MD draw solution, and CFO,d0  indicates the 
initial concentration of the FO draw solution (at t=0).  
Similarly, the material balances for the concentration and volume of the feed solution in the feed tank, and the 
volume of the permeate in the permeate tank can also be derived and simplified to express FO-MD system and 
operating parameters. 
It should be noted that constant permeates fluxes were assumed along the length of the FO and MD membranes. 
In this study, this assumption was justified due to the use of small FO and MD membrane lengths (10.5 cm and 9 
cm, respectively), minimisation of polarisation effects through the application of the AL-DS configuration for FO, 
the employment of counter-current flow regimes for FO and MD, and the relatively short timescale of the 
investigations [12, 89, 90]. These factors, in conjunction with the accurate modelling predictions, can support the 
use of this assumption. 
 










AL Active layer 
AQP Aquaporin 
CP Concentration polarisation 
CTA Cellulose triacetate 
DCMD Direct contact membrane distillation 
DI De-ionised (water) 
ECP External concentration polarisation 
FO Forward osmosis 
HTI Hydration Technology Innovations  
ICP Internal concentration polarisation  
MD Membrane distillation  
PDAC Polydiallyldimethylammonium chloride  
RO Reverse osmosis 
RSF Reverse solute flux 






SL Support layer 
TEAB Tetraethylammonium bromide  
TFC Thin film composite 
TP Temperature polarisation 
  
Symbols  
A  Overall water permeability coefficient (L/m
2 h atm; 
L/m2 h bar L/m2 h Pa) 
A0 
Water permeability coefficient of clean membrane 
(L/m2 h atm; L/m2 h bar L/m2 h Pa) 
AFO  Effective FO membrane area (m2) 
AMD  Effective MD membrane area (m2) 
B  Solute permeability coefficient (m/s, L/m2 h) 
C  Solution concentration (kg/m3) 
CA  System dependent constant (N/m) 
CL  Lubrication constant (Pa s) 
Cp  Solution heat capacity (kJ/kg K) 
CT  Stress coefficient of tangential force (Pa) 
D  Diffusion coefficient (m2/s) 
H  Hydraulic diameter (m) 
Hv  Latent heat of vaporisation (kJ/kg) 
JFO  FO permeate flux (m/s; L/m2 s; L/m2 hr) 
JMD  MD volumetric permeate flux (L/m2 s; L/m2 hr) 
Js  Reverse solute flux (kg/m2 s) 
K  Solute resistivity (s/m) 
Kn  Knudsen number 
L  Membrane channel length (m) 
Mw  Molecular weight (kg/mol; g/mol) 
NMD  MD mass permeation flux (kg/m2 s) 
Nu  Nusselt number 
P  Pressure (Pa) 
Pr  Prandtl number 
Q  Solution flow rate (m3/s) 
Qc  Heat transfer through conduction (W/m2) 
Qm  Total heat transfer through membrane (W/m2) 
Qv  
Heat transfer through latent heat of vaporisation 
(W/m2) 
R  Universal gas constant (m3 atm/mol K; J/mol K) 
Rad  Adsorption resistance (m-1) 
Rf  Fouling resistance (m-1) 
Rsc  Scaling resistance (m-1) 
Rt  Water transfer rate (L/hr) 
Re  Reynolds number 
T  Temperature (°C; K) 
Sc  Schmidt number  
Sh  Sherwood number  
V  Tank volume (m3; L) 
a  Open pore area (m2) 
cm  Coefficient of deposited mass 
d  Membrane pore diameter (m) 
ds  Solute diameter (m) 
f  Friction coefficient 
h  Membrane channel height (m) 
hd  Draw heat transfer coefficient (W/m2 K) 
hp  Permeate heat transfer coefficient (W/m2 K) 
k  Mass transfer coefficient (m/s) 
kb  Boltzmann constant (J/K; m2 kg/s2 K) 
kd  Draw solution thermal conductivity (W/m K) 
kg  
Thermal conductivity of gas filling membrane pores 
(W/m K) 
km  Membrane thermal conductivity (W/m K) 
kp  Permeate solution thermal conductivity (W/m K) 
ks  Thermal conductivity of membrane material (W/m K) 
l  Mean free path (m) 






t  Time (s; hr) 
u  Solution velocity (m/s) 
w  Membrane width (m) 
x  Membrane length (m) 
xs  Solid fraction 
ya  Air mole fraction 
  
Greek Symbols 
∅  Osmotic pressure coefficient 
α  Aspect ratio 
β Ionisation number 
∆  Change in parameter 
δ  Membrane thickness (m) 
ε  Membrane porosity 
ζ  Concentration polarisation coefficient 
η  MD friction coefficient 
ηt MD thermal efficiency  
θ  Temperature polarisation coefficient  
μ  Solution viscosity (Pa s) 
π  Osmotic pressure (Pa, bar) 
ρ  Solution density (kg/m3) 
τ  Membrane tortuosity 
φ  Permeable surface parameter 
  
Subscripts 
0  Initial value of parameter 
K  Knudsen 
a  Air 
ad  Adsorption 
b  Bulk solution 
c  Conductivity 
d  Draw Solution 
f  Feed Solution 
g  Gas 
m  Membrane 
p  Permeate solution 
s  Solute 
sc  Scaling 
w  Water 
 
Superscripts 
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